Bio-oxidation leaching of refractory gold concentrate was carried out in a typical gas-liquid-solid three-phase stirred bioreactor. The bacteria, which adhered to solid particle surfaces and spread over the liquid phase, require sufficient oxygen and nutrient of carbon and nitrogen, and then the mass transfer rate should be considered. However, the mass transfer coefficient, which could be used to evaluate the mass transfer rate, was determined by gas holdup, bubble diameter and power consumption. Therefore, a three-phase Eulerian equation with k-ε turbulence model and additional models of two bubble diameter, a torque and a mass transfer coefficient were applied in the simulation. The simulation results were validated with experimental data and used to analyze the spatial distribution of the mass transfer coefficient. The results demonstrated that the simulation and experimental data of Sauter mean bubble diameter and power number were in good agreement and the simulation results of the mass transfer coefficient were agree with the values calculated by an empirical correlation. The Davoody model can be strongly recommended for further simulation of the bubble diameter, and the gas holdup and mass transfer coefficient were very unevenly distributed in the lower zone. Hence, the lower impeller clearance should be considered.
INTRODUCTION
Bioleaching of refractory gold concentrate was carried out in a stirred bioreactor. The stirred bioreactor is recommended for gas-liquid-solid three phase systems and it is widespread in the hydrometallurgy, fermentation, biological pharmacy, sewage treatment and allied industries (Chisti and Moo-Young 1988) . Oxygen, carbon and nitrogen, which are necessary in bioleaching and aerobic process, were always provided by air. The bacteria adhered to solid particle surfaces and spread over the liquid phase, and their growth was restrained by oxygen concentration and nutrient concentration of carbon and nitrogen (Chisti and Jauregui-Haza 2002; Scargiali, et al. 2012; Karimi, et al. 2013; Scargiali, et al. 2014) . To provide sufficient oxygen, carbon and nitrogen, mass transfer should be maintained for better performance (Herrera, et al. 1989; Shrihari, et al. 1991; Boon and Heijnen 1998; Nemati, et al. 1998; Hansford and Vargas 2001) .
Mass transfer between phases was a limiting step of the overall process rate in most cases and sometimes positive proportional to the mass transfer coefficient (k l a), which could also be used to evaluate the mass transfer capacity and carry out the design and scale up of bioreactors (Karimi, et al. 2013; Buffo, et al. 2016) . Previous documents pointed out that the mass transfer coefficient is determined by specific surface area and liquid mass transfer coefficient (Higbie 1935; Nedeltchev 2003) . As we known, specific surface area can be calculated by a = 6ϕ g /d b and the liquid mass transfer coefficient has a positive relation with energy dissipation ( ) (Dhanasekharan, et al. 2005; Kerdouss, et al. 2008) . Energy dissipation was proportional to power consumption. Obviously, the mass transfer coefficient was affected by the gas holdup, bubble diameter and power consumption.
In the gas-liquid-solid three phase stirred bioreactor, experiments focused on how solid suspension influences the mass transfer coefficient in the early years (Joosten, et al. 1977) , and now it focuses on how to enhance mass transfer (Sedahmed, et al. 2014; Atef, et al. 2015) . The simulations of the mass transfer coefficient mainly focused on the gas-liquid two phase stirred reactor (Ljungqvist and Rasmuson 2001; Kerdouss, et al. 2008) , and the simulations of the gas-liquid-solid three phase stirred reactor mainly focused on the solid suspension (Murthy, et al. 2007; Panneerselvam, et al. 2008; Xu, et al. 2012) . A handful of documents extended the application of the multiphase simulation to the bubble diameter (Yang, et al. 2016; Zheng, et al. 2018; Zheng, et al. 2019) . In this manuscript, the mass transfer coefficient and its influence on the power consumption, gas holdup and bubble diameter were studied based on experiments and simulations. Then, how the aeration rate and solid concentration influenced these factors in a state of just suspension were discussed based on the multi-Euler equation and standard k-ε model.
EXPERIMENTAL DETAILS

Experimental setup
Experiments were carried out in a stirred bioreactor, which was a cylindrical flat bottom vessel. The reactor was configured with 4 baffles and made of Plexiglas. Its diameter (T) was 226 mm and height (H) was 500 mm. A ring sparger, of diameter T/2, was mounted with a clearance of 40mm. A radial impeller (HEDT) of diameter 100 mm was installed with a clearance of T/3 and driven by a variable speed AC motor. The agitation speeds were noted using a tachometer. The bubble parameters were measured with a calibrated conductivity probe (BVW-2 four-channel), which was provided by the Institute of Process Engineering, Beijing, China. The torques were obtained from a torque meter (LONGLV-WTQ1050D-5Nm), which was installed vertically for connecting the agitator shaft and AC motor, and made by Shanghai Longlv Journey Electronic Technology Co. LTD. Water (ρ l =1000 kg/ m 3 ) as the liquid phase, refractory gold concentrate (ρ s =3548.2 kg/m 3 , average diameter is 45.42 μm) as the solid phase and air as the gas phase were used in the multiphase experiments. A schematic diagram for experiments is pictured in Fig.1 .
Experimental procedure
Water was first added to the stirred bioreactor, and then 4 weights of solid particles were prepared for different concentrations of 5, 10, 15 and 20wt%. Air was admitted to the reactor via a ring sparger when the experiments were carried out as follows:
(1) First, the slurry of 5 wt% was prepared. The air from the gas bottle 10 was admitted to the reactor 1 via the ring sparger 4, and then adjusted via the gas valve 7 to control the aeration rate at 3 levels of 4, 8 and 12 L/min. The just-suspension speed was obtained by observing visually via the cameras 13, which was focused on the reactor bottom and provided that the solid particles remained at the reactor bottom for no more than 2 s. The torque was measured by the torque meter.
(2) Secondly, adjusted the probe depth, voltage signals were recorded with a BVW-2-4-CH equipment, and then the voltage signals changed to the local gas holdup and bubble diameter data with the manufacturer-supplied software.
(3) Thirdly, the slurry concentration was gradually increased to 10, 15 and 20 wt%, and the steps (1)-(2) repeated to obtain the data of just suspension, power consumption, gas holdup and bubble diameter were obtained.
Data processing
In the mass transfer process, specific surface area, which directly determines the mass transfer coefficient, is inversely proportional to the bubble diameter. Obviously, in the multiphase stirred bioreactor, the bubble diameter is one of the key factors. Calderbank (1958) proposed that the Sauter mean bubble diameter d b,32 could be calculated by, 
where, d b is the bubble diameter. Power consumption is another one of the key factors in a stirred bioreactor, because more power input via the impeller agitator could directly reduce the bubble diameter and improve the mass transfer coefficient. Power consumption can be obtained from torque T a and impeller speed N, Under just suspension conditions in the gas-liquidsolid three phase stirred bioreactor, the impeller speeds were not constant. Power number (N P ) is a suitable indicator to evaluate power consumption. The power number N P could be calculated from the power consumption P,
where N is impeller speed, D is impeller diameter, ρ m = ρ 1 (1 -ϕ 1 ) + ρ s ϕ s is slurry density. Chandrasekharan and Calderbank (1981) suggested that the mass transfer coefficient in the three phase stirred bioreactor could be estimated as follows:
where T is impeller diameter, P is power consumption, V is liquid volume, Q m is aeration rate. In this equation, SI units are required.
MODEL DESCRIPTION
There is a lot of literature on simulating the gasliquid two phase stirred bioreactor (Khopkar, et al. 2003; Gentric, et al. 2005; Ding, et al. 2010) . However, CFD applications on the gas-liquid-solid three phase stirred bioreactor are still rare (Murthy, et al. 2007; Panneerselvam, et al. 2008; Xu, et al. 2012; Yang, et al. 2016 ). The Multi-Euler equation was confirmed as the proper way to describe flow behavior of each phase, in which gas, liquid and solid were all treated as continuous phases, penetrating and interacting with each other everywhere in the computational domain (Murthy, et al. 2007; Panneerselvam, et al. 2008; Inc 2013) . Turbulence in the dispersed phases of gas and solid could be ignored in the three phase stirred bioreactor, and the standard k-ε model was proper for simulating turbulence of the liquid phase (Elghobashi and Abou-Arab 1983) . The models were founded as follows:
(1) Continuity equation
The turbulence production of viscous and buoyancy forces,
The additional solids pressure caused by solids collision (Bouillard, et al. 1989 
where, G 0 =1.0Pa, c =6 00, φ sm = 0.376. The turbulence dispersion force (Barrue, et al. 2001) ,
The interchange forces of drag and lift (Montante, et al. 2001; Khopkar, et al. 2005 
where, j = b,p while i = g,s respectively. The drag coefficient could be calculated by (Bakker and Vandenakker 1994; Brucato, et al. 1998 
where K s = 8.67 × 10 -4 , K g = 6.5 × 10 -6 .
(2)
(8)
Interaction coefficient between gas and liquid, Mass transfer coefficient Higbie (1935) penetration theory showed that each point of the mass transfer coefficient could be calculated by (Nedeltchev 2003; Dhanasekharan, et al. 2005; Kerdouss, et al. 2008 where, Eotvos number Eo = g(ρ l -ρ g ) d b 2 )/σ, σ is the surface tension of the gas.
Power number and torque
Under just suspension conditions in the gas-liquidsolid three-phase stirred bioreactor, the impeller speeds were not constant. Power number (N P ), which should be employed to evaluate power consumption, could be calculated by eq.(3). The torque could be calculated from each finite element of the pressure difference between the front and back of the impeller blade (∆P) i , distance from the shaft r i and the area of the finite element A i (Zadghaffari, et al. 2009 
Although the PBM bubble diameter models are widely applied on the stirred reactor and bubble column (Wang and Wang 2007; Akbari, et al. 2015; Buffo, et al. 2017; Guo, et al. 2017) , the various problems were still unresolved. Hence, in this manuscript, simple models were suggested. Hinze (1955) provided the maximum bubble diameter formula based on the hydrodynamic mechanism, as proposed by Zhang, et al. (2013) where φ g is gas holdup, ρ = φ g ρ g + φ l ρ l + φ s ρ s is slurry density, ε is energy dissipation and σ is surface tension.
where D i is the gas diffusivity in water (i=O 2 ,CO 2 ,N 2 ). Bohnet and Niesmak (1979) proposed that the variation coefficient could be used to characterize the suspension quality. Barigou and Greaves (1992) extended the application of the variation coefficient to measuring uniformity of the gas dispersion. The uniformity of the mass transfer coefficient could also be measured. The equation for the variation coefficient was as follows:
Variation coefficient
where i is represents each finite element, n is the total finite elements, x is the gas holdup (φ g ) or mass transfer coefficient (k l a). The larger σ x is, the more non-uniform the distribution of x.
Numerical methodology
In this manuscript, ANSYS Fluent 17.1 was applied for solving the previous CFD models. All simulation cases were carried out on the model based on the experimental setup, such as stirred bioreactor, impeller and sparger, and then validated with experimental data. The CFD control equation was derived from the three-Euler model, and solved by the finite volume method. The computer domain was divided into two regions of the impeller region (rotating reference frame) and the other region (stationary reference frame), and the MRF approaching method was applied in the computational process. The impeller region was limited in r/R ≤ 0.6 and 0.25 ≤ z/T ≤ 0.75. ICEM was employed for generating tetrahedral elements in the mesh generation process. A good quality of skewness < 0.7 was ensured and 700,000-900,000 grid elements were provided. SIMPLE was used as a pressure-velocity coupling algorithm and all equations converged with errors under 10 -4 . All walls, e.g., reactor wall, impeller blade surface and baffle, were treated as non-slip surfaces and the standard wall function was deployed on them. The reactor top was set as the pressure outlet boundary for the gas phase. The solid concentration was initialized as homogeneous and the region above 
the free surface of the liquid phase was filled with gas. For better discussion, the reactor was divided into three zones: lower zone z/T ≤ 0.20 , center zone 0.20 ≤ z/T ≤ 0.45 and upper zone z/T ≥ 0.45.
RESULTS AND DISCUSSIONS
Power consumption
Power number was adapted to measuring power consumption when the impeller speeds were not constant, especially in the gas-liquid-solid three phase stirred bioreactor which was running at the just suspension status. The power numbers could be calculated from the impeller speeds and torques, which were obtained from the conditions (Q g = 4,8,12 L/min, X s = 5,10,15,20 wt%) under the just suspension status. The torques of the experiment and simulation could be calculated by eq.(16) and eq.(3), respectively. The power numbers of the experiment and simulation were both plotted in Fig.2 .
As Fig.2(a) shows, the simulation results agreed with the experiment and, as Fig.2(b) shows, the errors between them were less than 15%. Hence, the power consumption could be well simulated in the gas-liquidsolid three-phase stirred bioreactor. The power number was not significantly changed by the aeration rate and solid concentration under the just suspension status.
The turbulent energy dissipation, which was the characteristic parameter of the local power consumption, was apparently different along with the axial direction (as shown in Fig. 3) , especially in the aeration system. To validate the local power consumption of the CFD simulation, the experimental data, which were obtained from PIV technology by Geng, et al. (2012) , were considered in the comparison (as shown in Fig.4) .
As Fig.4 shows, the conditions, e.g. the lower, center and upper regions, and the aeration rates, were all consistent with the literature (Geng, et al. 2012) . The results showed that the simulation data were in agreement with experiment. The center zone consumed a great deal of energy.
Gas holdup
Under the condition of Q g = 12 L/min, X s = 5 wt%, the just suspension speed was 394 rpm; the experimental data of the gas holdup were measured with a conductivity probe. Then the simulation data were compared with them, as shown in Fig.5 . Fig.5(a) was created for the data limits and interpolation method. Compared with the simulation result ( Fig.5(b) ), the cloud show the same trends. To analyze the difference between the experimental and simulation data, the data at the position of z/ T=0.60,0.75 and r/R=0.56,0.73,0.82 were extracted to make a comparison, shown in Fig.6 . As Fig.6 shows, the experimental and simulation local gas holdup followed the same trend.
As Fig.5 shows, the spatial distributions of the gas holdup were very different. To investigate this difference, the reactor was divided into three zones of lower, center and upper. The gas holdup of each zone varied with the aeration rate and solid concentration under the just suspension status. The trends of these variations are shown in Fig.7 .
As Fig.7 shows, the gas holdup in all zones was mainly affected by the aeration rate and little impacted by the solid concentration under the just suspension status. In each zone, the gas holdup also changed clearly. Therefore, to measure these changes, the variation coefficient of the gas holdup was taken into account in this work. The trend of the variation coefficients via the aeration rate and solid concentration are demonstrated in Fig.8 . According to Fig.7 and Fig.8 , the gas holdup in the lower zone was very unevenly distributed. Thus the lower impeller clearance was important.
Bubble diameter
Under the condition of Q g = 12 L/min, X s = 5 wt%, N js = 394 rpm, the experimental data of the bubble diameter were measured with a conductivity probe.
There were two different models for calculating the bubble diameter (Yang, et al. 2016; Zheng, et al. 2018) , and the simulation data were compared with them, as shown in Fig.9 . Fig.9(a) was created for the data limits and interpolation method. Compared with the simulation result ( Fig.9(b)-(c) ), the cloud maps of Fig.9(a) and (c) showed the same trends, and Fig.9(b) showed different trends. It appeared that the Davoody et al. (2016) model could be more applicable than the Yang et al. (2016) model. To confirm the most feasible model, the Sauter mean bubble diameters in the experimental and simulation in all conditions (Q g = 4,8,12 L/min, X s = 5,10,15,20 wt%) were simulated by the two different models and plotted together, as shown in Fig. 10 .
As Fig. 10(a) shows, the simulation data were all in agreement with the trends, but the simulation data given by the Yang et al. (2016) model were significantly greater than the experimental data. According to Fig.  10(b) , the Yang et al. (2016) model should be revised by the correction coefficient 0.8. As Fig. 10(b) shows, the simulation results of both the revised Yang et al. (2016) model and the Davoody et al. (2016) model agreed with experiment. In conclusion, the Davoody et al. (2016) model should be recommended in this work.
Mass transfer coefficient
There are a lot of studies of the mass transfer coefficient based on theoretical and empirical considerations (Chisti and Jauregui-Haza, 2002; Martín et al. 2008) . The mass transfer coefficient could be accurately estimated. Eq.(4) suggested by Chandrasekharan and Calderbank (1981) was used to calculate the mass transfer coefficient from the aeration rate and the power comsumption. The estimation and simulation data on all conditions (Q g = 4,8,12 L/min, X s = 5,10,15,20 wt%) were plotted in Fig.11 .
As Fig.11(a) shows, the simulation results agreed with experiment, and as Fig.11(b) shows, the errors between them are less than 30%. Hence, the simulation data could be applied for further analysis. The spatial distribution of the mass transfer coefficients, obtained under the condition of Q g = 12 L/min, X s = 5 wt%, N js = 394 rpm, is displayed in Fig.12 . As Fig.12(a) and (c) show, the maximum values of the mass transfer coefficient were at the impeller tip and sparger, while the minimum values were under the impeller. As Fig.12(a) and (b) show, compared with the zones on and under the impeller, the mass transfer coefficients over the impeller zone were more well-distributed. To prove this point, the variation coefficient of the mass transfer coefficients via the aeration rate and solid concentration in three separated zones are plotted in Fig.13 .
As Fig.13 shows, the higher aeration rate could more easily bring about an uneven distribution of the mass transfer coefficient in the lower zone (under the impeller zone). The variation coefficient of the mass transfer coefficient could significantly change in the center zone (the impeller zone), and the distribution of the mass transfer coefficient was slightly changed with the aeration rate or solid concentration in the upper zone (over the impeller zone). Well-distributed in the upper zone, a higher solid concentration could improve the uniform distribution of the mass transfer coefficient over the reactor.
CONCLUSIONS
In this work, an Eulerian multi-fluid model and the standard k-ε turbulence model were developed for simulating the gas-liquid-solid three-phase stirred bioreactor. The power consumption, bubble diameter and mass transfer coefficient models were applied for further analysis. The simulation results of the power consumption, gas holdup, bubble diameter and mass transfer coefficient were all validated by the experimental or estimation data, respectively. All cases were studied for the just suspension status. The main conclusions can be listed as follows,
(1) Good agreement was found between the simulated and measured/estimated variables, such as the power consumption, gas holdup, bubble diameter and mass transfer coefficient, in the gas-liquid-solid three-phase stirred bioreactor. The errors of the power consumption and bubble diameter were both less than 15%, and the errors of the mass transfer coefficient were less than 30%.
(2) The power number did not significantly change with the aeration rate and solid concentration under the just suspension status. The turbulent energy dissipation, which was the characteristic parameter of the local power consumption, was apparently different along the axial direction and the center zone consumes a great deal of energy.
(3) The gas holdup of each zone was mainly affected by the aeration rate and little impacted by the solid concentration under the just suspension status. The variation coefficient of the gas holdup showed that the gas holdup was very unevenly distributed in the lower zone, and the lower impeller clearance was important.
(4) Even though the Yang model was revised by the correction coefficient 0.8, the spatial trend did not agree with the experimental cloud map. The Davoody model could be more applicable and is strongly recommended for simulating the bubble diameter in further studies.
(5) The higher aeration rate could more easily bring about an uneven distribution of the mass transfer coefficient in the lower zone (under the impeller zone). The variation coefficient of the mass transfer coefficient significantly changed in the center zone (the impeller zone), and the distribution of the mass transfer coefficient was slightly changed with the aeration rate or solid concentration in the upper zone (over the impeller zone). Well-distributed at the upper zone, a higher solid concentration could improve the uniform distribution of the mass transfer coefficient over the reactor. 
NOMENCLATURE
